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I RECOVERY OF PRINCIPAL METAL VALUES FROM 

WASTE HYDROPROCESSING CATALYSTS 

1S 2 1 S· 3 By B. W. Jong, . C. Rhoads, A. M. Stubbs, and T. R. toeltmg 

With an Appendix on Process Economics by Thomas A. Phillips 

ABSTRACT 

The U.S. Bureau of Mines investigated anhydrous chlorination and caustic-acid leaching processes 
to recover Ni, Co, Mo, and W from waste hydroprocessing catalysts. In batch laboratory-scale 
equipment, the chlorination process extracted 61 to 99 pet of the metals. Final recovery was 65 to 99 
pct. The caustic-acid leaching process extracted 81 to 98 pct of the metals. Final recovery was 36 to 
99 pct. Chlorination processing included roasting, chlorination, hydrolysis of metal chlorides for 
recovering Mo or W, water leaching of Ni or Co from the spent charge, purification, and solvent 
extraction or precipitation of Ni or Co from the purified solutions. Caustic-acid leach processing 
included NaOH leaching, solvent extraction of Mo or W from the NaOH leach liquor, H2S04 leaching 
of the NaOH leach residue, purification, and solvent extraction or precipitation of Ni or Co from the 
purified solution. 

The estimated fixed capital cost for a commercial-scale plant processing 39,000 Ibid of waste Ni
Mo-AI catalyst was $8 million for the chlorination process and $9.6 million for the caustic-acid leaching 
process. The estimated operating cost was about $0.20 and $0.40 per pound of the waste catalyst, 
respectively, for the two processes. 

lChemical engineer. 
2Research chemist. 
3Physical science technician, 
Albany Research Center, U.S. Bureau of Mines, Albany, OR. 
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INTRODUCTION 

An objective of the U.S. Bureau of Mines is to provide 
the technology that will help to assure an adequate supply 
of critical metals for the United States. This objective 
requires meeting U.S. economic and strategic needs and 
reducing or avoiding total U.S. dependence on foreign 
supplies. Achieving these goals necessitates evaluation of 
the potential recovery of metals from secondary sources as 
well as from domestic mineral resources. 

In a 1982 Bureau study (1),4 waste hydroprocessing 
catalysts were identified as a potential source of Ni, Co, 
Mo, W, and V. The study revealed that every year more 
than 26 million lb of these metals are discharged in waste 
catalysts and less than half of these metals are recovered 
or recycled. The hydroprocessing catalysts are used for 
refining and upgrading crude oils in the petroleum indus
try. Among the catalysts employed are nickel oxide and 
molybdenum trioxide (NiO-Mo03), nickel oxide and tung
sten trioxide (NiO-W03), and cobalt oxide and molybde
num trioxide (CoO-Mo03), all on alumina (AI20 3) support 
materials. These catalysts are identified in this report as 
Ni-Mo-AI, Ni-W-AI, and Co-Mo-AI, respectively. In gen
eral, the active life of the catalysts in industry ranges from 
6 months to 6 years. The catalysts are deactivated or 
poisoned by the deposition of sulfur, carbon, and metal 
impurities. In some cases the metals associated with the 
waste materials can be recovered from the deactivated 

catalysts once regeneration is no longer feasible. Current 
commercial recycling operations emphasize only Mo, V, 
and W recovery and suggest known technology for Ni and 
Co recovery. The U.S. Bureau of Mines dealt with deac
tivated catalysts to recover all of the critical metals, includ
ing Ni and Co. 

Initial Bureau research screened various approaches for 
recovery of critical metals from waste Ni-Mo-AI, Ni-W-AI, 
and Co-Mo-AI hydroprocessing catalysts (2-3). These 
approaches were (1) anhydrous chlorination, (2) leaching 
with ammonium hydroxide-ammonium sulfate [NHPH
(NH4)2S04]' sodium hydroxide (NaOH), or sulfuric acid 
(H2S04), and (3) leaching with NaOH followed by leaching 
the residue with H2S04 (a two-step NaOH-H2S04leaching 
process). These tests showed that the anhydrous chlorina
tion process and the NaOH leach followed by a H2S04 
leach of the residue process were the most effective extrac
tion approaches for recovering critical metals from the 
three types of waste hydroprocessing catalysts. 

This report describes laboratory results of the anhy
drous chlorination and the two-step NaOH-H2S04leaching 
processing schemes on various waste catalysts. Economic 
evaluations were made for both processes using the Ni
Mo-AI waste catalyst. Also reported are metal extraction 
results from Co-Mo-AI waste catalysts that contained 
impurities such as As or Ni and V. 

MATERIALS 

A Bureau contract with Inco Research & Development 
Center, Inc., included as tasks identifying waste catalysts 
types and providing various samples of waste hydroprocess
ing catalysts (1). Various approaches were evaluated for 

4Italic numbers in parentheses refer to items in the list of references 
pl'eceding the appendix at the end of this report. 

recovery of critical metals from the representative waste 
catalysts supplied through the contract. In 1982, the 
Bureau began research on Ni-Mo-AI, Ni-W-AI, and Co
Mo-AI waste hydroprocessing catalysts. Near the end of 
the project in 1986, a Co-Mo-AI waste catalyst contami
nated with Ni and V was added to the study. 

Chemical analyses and X-ray diffraction analyses of 
these waste catalysts are shown in table 1. Alumina was 

Table 1.-Chemical analyses of waste catalysts, weight percent 

Waste catalyst 
Ni 

Ni-Mo-Al: 

(X-ray diffraction identified eta alumina 
crystalline phase for all catalysts) 

Metal 
Co Mo AI Fe 

Nonmetal 
Si C S P 

Sample A . . . . . . . . . . . . 1.7 0.01 8.9 29.6 0.5 0.1 6.7 5.7 1.1 8.5 
Sample B . . . ... . . . .. . 2.0 .02 10.1 31.2 .2 .2 1.6 .4 1.1 8.3 

Ni-W-AI: Sample C1 • • • . . . 3.4 .05 NAp 33.8 .5 .1 1.0 .3 .05 5.0 
Co-Mo-AI: 

Sample 02 .....•..... 1.1 1.7 5.9 31.1 9.0 .2 7.8 9.1 .5 2.8 
Sample E3 ...•..•.... .1 2.3 6.9 30.4 .7 2.5 1.5 2.6 .03 7.4 
Sample ~ .....•..... 3.0 1.4 4.6 21.2 .3 .2 20.1 10.1 .02 1.5 

NAp Not applicable. 
lContains 13.1 wt pet W. 
2Contains 2.2 wt pet As, further Identified as used in high-temperature oil shale treatment; Fe9SiO crystalline phase Identified also. 
3Contains no As, heat-treated waste. 
4Contains 9.4 wt pet V. 
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i the only crystalline phase identified by X-ray diffraction for 
most of these waste hydroprocessing catalysts. However, 
pyrrhotite (Fe9SJO) was identified in one of the Co-Mo-AI 
waste hydroprocessing catalysts. Metal contaminants in 
the final recovery products may include AI, Fe, Si, P, and 
As. The waste hydroprocessing catalysts contained about 
30 wt pct Al and less than 1.1 wt pct Fe, Si, and P. How
ever, one of the Co-Mo-AI catalysts contained 9 wt pct Fe 
and another contained 2.5 wt pct Si. Half of the spent 
catalysts received contained over 6 wt pct C, and the other 
half contained less than 2 wt pct C. 

The bulk densities and particle sizes of these waste 
hydroprocessing catalysts were determined on the as
received samples (table 2). The particle sizes of Ni-Mo
Al and Ni-W-AI ranged from minus 10 mesh to plus 100 
mesh, while particle sizes of Co-Mo-AI ranged from minus 
4 mesh to plus 28 mesh. Of these waste catalysts, Ni-W
Al had the lowest bulk density. 

3 

Table 2.-Bulk density and particle size of waste catalysts 

Bulk Size 
Waste eatalyst densit¥, 

glem 
Tyler mesh wt pet 

Ni-Mo-AI: 
Sample A ....... 1.06 -10,+100 92.0 

-100 8.0 
Sample B ....... .89 -10, + 100 97.2 

-100 2.8 
Ni-W-A1: Sample Cl • .66 -10, + 100 99.0 

-100 1.0 
Co-Mo-AI: 

Sample 02 .74 -8, +20 99,4 
-20 .6 

Sample E3 .85 -4, + 10 100.0 
Sample F" 1.10 -10,+28 100.0 

lContains 13.1 wt pet W. 
2Contalns 2.2 wt pet As. 
3Contains no As. 
4Contalns 9,4 wt pet V. 

PROCEDURES AND EQUIPMENT 

ANHYDROUS CHLORINATION PROCESS 

Chemical Reactions 

The major chemical reaction equations were formulated 
for the processing of the waste Ni-Mo-AI, Ni-W-AI, and 
Co-Mo-AI catalysts by the anhydrous chlorination process. 
Examples of the equations for processing the Ni-Mo-AI 
catalyst are shown below: 

Chlorination: 

2NiO + C + 2C12 ~ 2NiCl2 + CO2, 

Hydrolysis: 

Mo02Cl2 + H20 ~ Mo03 + 2HCl. 

Calcination: 

Water leaching: 

AICl3 ~ A13+ + 3Cl". 

NiCl2 ~ Ni2+ + 2Cl". 

Purification: 

AICl3 + 3NH40H ~ Al(OHhl- + 3NH4Cl. 

NiCl2 + 2NH40H ~ Ni(OH)z.J- + 2NH4Cl. 

Ni(OH)z + 4NH40H + 2NH4CI 

~ Ni(NH3)6CI2 + 6H20. 

Solvent extraction: 

Ni(NH3)6CI2 + 2RH + 4H20 ~ NiR2 + 4NH40H 

+ 2NH4CI (extraction). 

NiR2 + 2HCI ~ NiCl2 + 2RH (stripping). 

Precipitation: 

Ni(NH3)6CI2 + NU2S ~ NiS.J- + 2NaCI + 6NH3. 

Chlorination 

The chlorination studies were carried out in a batch 
fluidized-bed reactor, a 1.25-in-diam by 48-in-Iong tube 
made of Vycor5 heat-resistant glass, to extract the metals 
as chlorides. A coarse quartz frit was used as a gas dis
tributor. A Chromel-Alumel alloy thermocouple was sub
merged into the catalyst bed for measuring temperature. 

5Reference to specific products does not imply endOl'sement by the 
U.S. Bureau of Mines. 
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The bed was expanded from about 3 in high to about 4 in 
high during chlorination. The chlorinator was connected 
to a primary condenser and receiver, from there to a 
secondary condenser and receiver, and then to the exhaust 
outlet (fig. 1). The exhaust outlet was connected to a 
bubbler containing H2S04 to prevent backflow of air into 
the reactor. 

Waste Ni-Mo-AI, Ni-W-AI, and Co-Mo-AI catalyst 
charges were chlorinated. Immediately prior to chlorina
tion, the waste catalysts were roasted at 400° C for 30 min 
with 300 mLlmin N2 to remove moisture and some sulfur. 
The most effective chlorination process parameters were 
determined for these catalysts in the 400° to 600° C 
temperature range, and from 30 min to 120 min, with Cl2 
plus N2 or Cl2 plus other gases (N2' air, CO, and CO2), 
Chlorination of metal oxide requires a reductant such as 
C or CO. Therefore, waste catalysts containing more than 
6.7 wt pct C were chlorinated with dnly Cl2 plus N2 or Cl2 
plus N2 and air; other waste catalysts were chlorinated with 
Cl2 plus N2 and CO or Cl2 plus N2, CO, and CO2, A 25-
or 50-g catalyst charge was used for the chlorination. The 
flow rates for C12, air, CO, and CO2 were varied from 30 
to 100 mLlmin, and the flow rate for N2 was varied from 
200 to 900 mL/min. 

Prior to chlorination the transfer lines and both con
densers were heated and maintained at 200° C during the 
N2 roasting. The waste catalyst in the reactor was heated 
from the roast temperature to the chlorination tempera
ture, and Cl2 was passed over the heated charge. Most of 
the volatile chloride products [molybdenum oxychloride 
(Mo02Clz) and tungsten oxychloride (W02CI2)] were con
densed in the primary receiver, and the remainder were 
condensed in the secondary receiver. After the chlorina
tion was completed, the volatile chlorides were washed out 
of both receivers, both condensers, and the transfer lines 
with water, and combined into one product (volatile
chloride slurry). 

For obtaining the measure of metal extraction during 
chlorination of the waste catalysts, the chlorinated spent 
charge was diluted with water to a 15-wt-pct slurry and 
leached for 1 h at 100° C. The hydrated volatile-chloride 
slurry and the water-leached spent-charge slurry were 
vacuum filtered separately. Both filtrates were cooled to 
room temperature, the volumes were measured, and ali
quots were collected for chemical analyses. The solids 
from leaching the volatile chlorides and the insoluble spent 
charge were dried at 105° C for 16 h. Both dried solids 
were ground to minus 60 mesh prior to analyses. The 
metal extraction was calculated using the equation: 

Metal extraction, wt pct 

= (total metal wt - metal wt in leached spent Charge) X 100, 
total metal wt 

where 

total metal wt metal in volatile product (wt of metal in 
aqueous + wt of metal in solid) + metal in 
spent charge (wt of metal in aqueous + wt 
of metal in sOlid). 

Hydrolysis or Calcination of Volatile Chlorides 

Two methods, hydrolysis and calcination, were evalu
ated for recovering metal values from the volatile chloride 
products generated during chlorination of the waste hydro
processing catalysts. 

The Mo-containing chlorides from Ni-Mo-AI and Co
Mo-AI catalysts were hydrolyzed in water at 1000 C for 
1 h. The W-containing chlorides obtained from the Ni-W
Al catalyst were hydrolyzed at 200 C for 1 h. The hydro
lyzed products were vacuum filtered, the filtrate volume 
was measured, and an aliquot was collected for chemical 
analyses. The filtered solid was dried at 105° C for 16 h 
and then weighed and sampled. 

Metal recovery by hydrolysis, wt pct 

01' 

( 
metal wt in solid ) x 100 

= metal wt in solid + metal wt in liquid 

(
metal wt i.n SOlid) x 100, 
metal wt III feed 

The alternative approach was to calcine the volatile 
chlorides for 2 h at 300° C in an alumina crucible in an 
electric muffle furnace. The calcined powder was weighed 
and submitted for analyses. Analytical values were used to 
calculate metal recovery values and to obtain the purity of 
products. Metal recovery was calculated using the follow
ing equation: 

Metal recovelY by: calcination, wt pet 

_ (metal wt in calcined powder) x 100. 
- metal wt in feed 

Water Leaching of Chlorinated Charge 
and Subsequent Processing 

The spent charge from the chlorination process was 
leached at 1000 C for 1 h with 15 wt pct solids to recover 
Ni and Co. Accumulated spent charges were used to pre
pare 400- to 1,500-mL batches of leach solution for purifi
cation, solvent extraction, and precipitation tests. The 
vacuum-filtered leach solution was purified by precipitating 
AI, Fe, Si, and P by adjusting pH from 3.5 to 5 or 10 with 
a solution containing 100 giL NHPH and 100 giL NH4CI 
(ammonium chloride). This purification mixture was held 
for 1 h at 800 C and then filtered. The Ni and Co re
mained in the purified solution as ammine complexes. 

The Ni and Co were recovered from the purified solu
tion either by solvent extraction of Ni with 10 vol pct LlX 
64N, an organic extractant, or by precipitation of Ni or Co 
as a sulfide. Solvent extraction of the Ni from the purified 
solution was accomplished with 30-min shakeout tests at 
room temperature with 10 vol pct LlX 64N in Kermac 
470B, an organic solvent. Nickel sulfide (NiS) and cobalt 
sulfide (CoS) were precipitated with 50 giL NazS· 9HzO 
(sodium sulfide) while the solutions were heated at 100° C 
for 1 h. The appropriate recovery approach can be 
selected based on market prices of Ni and Co. 

-
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TWO-STEP NaOH-H2S04 LEACHING PROCESS 

Chemical Reactions 

Equations were formulated for processing waste Ni-Mo
AI, Ni-W-AI, and Co-Mo-AI hydroprocessing catalysts by 
the two-step NaOH-H2S04 leaching process. The reac
tions involved in the two-step leaching process of the waste 
Ni-Mo-AI hydroprocessing catalyst may be represented as 

Caustic leaching of Ni-Mo-AI catalyst: 

Mo03 + 2NaOH -+ Na2Mo04 + H20. 

Al20 3 + 2NaOH -+ 2NaAI02 + H20. 

Solvent extraction of Mo from NaOH leach filtrate: 

Na2Mo04 + 2R3NR ' CI-+ (R3NR ')zMo04 + 2NaCI 

(extraction). 

(R3NR ')zMo04 + 2NH4CI -+ (NH4)2Mo04 

+ 2R3NR ' CI (stripping). 

Precipitation of calcium molybdate (CaMo04) from strip 
solution: 

(NH4)zMo04 + CaCl2 -+ CaMo04 .J. + 2NH4Cl. 

Precipitation of hydrous alumina [AI (OHhl from raffinate: 

2NaAI02 + 4H20 -+ 2AI(OHh.J. + 2NaOH. 

Acid leaching of AI-Ni from caustic leach residue: 

NiO + H2S04 -+ NiS04 + H20. 

Al20 3 + 3H2S04 -+ AlzCS04h + 3H20. 

Purification of acid leaching filtrate: 

AI2(S04)3 + 6NH40H -+ 2AI(OH)3.J. + 3(NH4)2S04' 

NiS04 + 2NH40H -+ Ni(OH)2 + (NH4)zS04' 

Ni(OH)z + 4NH40H + (NH4)zS04 -+ Ni(NH3)6S04 

+ 6HzO· 

Solvent extraction of Ni from purified filtrate: 

Ni(NH3)6S04 + 2RH + 4H20 -+ NiR2 + 4NH40H 

+ (NH4)zS04 (extraction). 

NiR2 + H2S04 -+ NiS04 + 2RH (stripping). 

Precipitation of NiS from purified filtrate: 

Ni(NH3)6S04 + Na2S + 6H20 -+ NiS.J. + Na2S04 

+ 6NH4°H. 

NaOH leaching 

N aOH leaching was carried out either (1) at atmospher
ic pressure in a three-necked Pyrex heat-resistant glass 
flask equipped with a stirrer, a reflux condenser, and a 
thermometer or (2) at 150 psig of O2 in a 2-L autoclave. 
Samples of 50- or 100-g of the fresh waste catalysts were 
leached with 1 L of 5-, 10-, 20-, 50-, 100-, 120-, or 150-g/L 
NaOH at 100° C for 2 h. These leach slurries were vacu
um filtered, and the filtrate volumes were measured. The 
leach residues were dried at 105" C for 16 h and weighed. 
Representative samples of the leach solutions and dry 
residues were analyzed so metal extraction values and 
material balances could be calculated. The leach residues 
were saved for H 2S04 leaching to recover Ni or Co. 

Solvent Extraction 

Aliquat 336, an organic extractant, was selected for the 
separation and recovery of Mo (4) or W from caustic leach 
solutions. The laboratory evaluation of Aliquat 336 in
volved a series of shakeout tests in the 30° to 60° C tem
perature range to determine the loading capacity of the 
solvent for Mo or W. Equilibrium isotherms were con
structed for Mo and W extraction from NaOH leach 
liquors with 10-, 15-, 20-, and 30-vol pet Aliquat 336 ex
tractant plus 2 to 6 vol pct isodecanol in Kermac 470B. 
It was found that for the Aliquat 336 concentrations used, 
at least 2 vol pct isodecanol was necessary to inhibit third
phase formation. 

The maximum loading capacity of Mo on the solvent 
was obtained by a "repeating contact" technique (5) with 
an organic-to-aqueous volume ratio (O:A) of 1:1. Steady
state conditions were achieved during shakeout tests with 
2.5 min of contact time. 

Molybdenum was extracted from a NaOH leach liquor 
by solvent extraction using 20 vol pct Aliquat 336 (O:A = 
1:2). It was stripped from the loaded organic with a 25-
giL NH4CI solution (O:A = 2:1). Molybdenum was re
covered as a CaMo04 precipitate by adding stoichiometric 
amounts of700 giL CaCl2 (calcium chloride) to the NH4CI 
strip solution. The CaMo04 was washed with water and 
dried. 

Tungsten-loaded Aliquat 336 organic phase was stripped 
with 7-wt-pct NH40H to provide a W-pregnant solution. 
Tungsten was recovered as ammonium para tungstate 
[(NH4) lOW\z0411 by evaporating NH40H and water at 
70° C from the W-strip solution. 

-
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H2S04 Leaching and Subsequent Processing 

H2S04 leaching of the NaOH leach residue was also 
done in the three-necked flask equipped with a stirrer, a 
reflux condenser, and a thermometer. The NaOH leach 
residues were leached with H2S04 for 1 hat 1000 C and at 
atmospheric pressure. The volumes of the vacuum-filtered 
leach solutions were measured, and the residue was dried 
for 16 h at 105" C. Representative samples of the leach 
solutions and dried residues were analyzed for metal 
content. The filtered leach solution was purified by 
precipitation of AI, Fe, Si, and P in a flask equipped with 
a reflux condenser by adding a solution containing 100 giL 
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NH40H and 300 giL (NH4)2S04' and then maintaining the 
temperature at 800 C for 1 h. 

The Ni was recovered by solvent extraction with fresh 
10-vol-pct LIX 64N at pH 10 and stripped with H2S04, 

followed by electrowinning the metal from the strip solu
tion. The extraction and stripping tests were conducted in 
one stage at ambient temperature for 30 min. Alternative
ly, Ni and Co were recovered by precipitation of NiS and 
CoS with a 50-giL Na2S· 9HP solution. This mixture was 
boiled for 1 h to complete the precipitation at pH 5. Pre
cipitates of CoS or NiS were filtered, washed, dried, and 
weighed. 

RESULTS AND DISCUSSION 

ANHYDROUS CHLORINATION PROCESS 

A total processing scheme was devised for recovering 
metals from waste hydroprocessing catalysts by anhydrous 
chlorination. An example of processing the waste Ni-Mo
Al hydroprocessing catalyst (sample A) is shown in fig
ure 2. The waste catalyst was roasted to remove moisture 
and some sulfur and was then chlorinated. During 
chlorination, the volatile Mo02Clz was condensed in the 
condensers while the relatively nonvolatile chlorides of Ni, 
AI, and the impurity metals remained in the chlorination 
spent charge. The Mo03 was recovered by hydrolysis of 
the MoOzClz. The hydrochloric acid (HCl) generated by 
hydrolysis can be neutralized with lime. The remaining 
nonvolatile residual chlorides were leached with water and 
filtered. The filtrate was purified by addition of a solution 
containing NH40H and NH4CI to precipitate Al and other 
impurities at either pH 5 or 10. The Ni metal was re
covered from the purified pH 10 solution by solvent extrac
tion with LIX 64N solution followed by electrowinning of 
Ni from the strip solution. In an alternative approach, the 
Ni in the pH 5 purified solution was recovered by precipi
tation of NiS with NazS. The major constituent in the 
water-leached residue was AIP3' The hydrous alumina 
that precipitated during purification with NHPH-NH4CI 
was calcined at 6000 C for 2 h to recover AlP3' 

The same processing scheme was applied to the waste 
Ni-W-Al and Co-Mo-AI hydroprocessing catalysts. How
ever, since the waste Ni-W-AI and Co-Mo-AI catalysts 
(samples C and E) contained an insufficient amount of C, 
when they were chlorinated it was necessary to add CO, or 
CO plus COz, in place of air. These conditions produced 
WOzClz or Mo02Clz, which was hydrolyzed to produce 
W03 or Mo03. The water-leach solution of the Ni-W-AI 
chlorination spent charge or the Co-Mo-AI chlorination 
spent charge was purified by adjusting the pH with 
NH40H-NH4CI solution. 

Chlorination 

Molybdenum or tungsten was recovered from these 
catalysts by chlorination to yield Mo02Clz or WOzCI2, 

which was later converted to Mo03 or W03 via hydrolysis 
or calcination. 

Ni-Mo-AJ 

Chlorination processing parameters were determined 
for the waste Ni-Mo-AI catalyst. Chlorination at 4500 C 
for 30 min with a suitable Clz-air-Nz mixture was adequate 
to convert the Mo to MoOzClz.This was confirmed from 
the literature, which reported the formation of Mo02Cl2 
when Mo03 was chlorinated with Cl2 plus a small amount 
of Oz (6). Higher temperatures and longer chlorination 
times produced the unwanted water-soluble molybdenum 
pentachloride (MoC1s). Chlorination progress was moni
tored visually by observing the color and flow of the vol
atile chloride products. MoOzClz was yellow-white, 
WOzClz was light yellow, and MC1" (M = Mo or W, and 
x = 2, 3, 4, 5, or 6) was brown, red, or black depending on 
x. Fifty grams of the waste Ni~Mo-AI catalyst was chlori
nated using air:Clz ratios (mL/min to mL/min) of 0:120, 
40:80, 60:60, and 80:40, plus 700 mL/min Nz as a carrier 
gas. Chlorination with Cl2 (120 mL/min)at 4500 C for 30 
min extracted 8 wt pct of the AI, while 4 wt pct of the Al 
was extracted with a 60:60 air:Clz ratio. Results of the 
air:Clz ratio tests indicated that the Ni, Mo, and Al extrac
tion decreased slightly as the air:Clz ratios were increased. 

The Ni-Mo-AI catalyst was also chlorinated at 4500 C 
for 30 min with air:Cl2 ratios (mL/min to mL/min) rang
ing from 30:30 to 100:100 (fig. 3). The Mo chlorination 
increased rapidly as the gas flow rates increased from 30 
mL/min to 60 mL/min, but increasing the individual gas 
flow rates above 60 mL/min produced insignificant in
creases in Mo chlorination. However, the amount of Ni 
and AI chlorides increased only very slightly when the Clz 
and air flow rates were increased from 30 mL/min to 60 
mL/min. So, Clz and air flow rates of 60 mL/min were 
selected for chlorinating 50-g charges of the spent Ni-Mo
Al catalyst at 300 mL/min Nz• MoOzClz was identified by 
X-ray diffraction as the only volatile chloride collected 
during chlorination tests that used equal flow rates of Clz 
and air. 
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Figure 2.-Flowsheet for anhydrous chlorination approach for waste Ni-Mo-AI oatalyst. 

Ni-W-AJ 

Chlorination processing parameters were also deter
mined for the waste Ni-W-Al catalyst. Since this catalyst 
contained only 1.0 wt pct C, CO was added as a reductant. 
During chlorination, the oxygen content of the gas mixture 
was controlled by varying the CO2:CO ratio. The waste 
Ni-W -AI catalyst was chlorinated at 4500 C for 30 min with 
50 mL/min C12, 700 mL/min N2, and CO2:CO ratios rang
ing from 0:50 to 40:10 (mL/min to mL/min). The effect 
of varying CO2:CO ratios on Ni, W, and Al extraction is 
shown in figure 4. These results indicate that W extraction 
decreased as the CO2:CO ratio was increased and dimin
ished to almost zero at a CO2:CO ratio of 40:10. The AI 
extraction was small in all cases and decreased slightly 
when the CO2:CO ratios were increased. However, the Ni 

extraction dropped from more than 70 wt pct to less than 
50 wt pct when the CO2:CO ratio was increased from 0:50 
to 40:10. 

The Ni-W-AI chlorination was also studied at CI2:CO 
flow rate ratios ranging from 30:30 to 100:100 (mL/min to 
mL/min). The temperature, time, and N2 flow rates were 
the same as for the previous chlorination test series at 
various CO2:CO ratios. Results (fig. 5) indicate that Ni 
and W extraction increased rapidly as individual C12 and 
CO flow rates were increased from 30 to 50 mL/min and 
remained almost constant at higher flow rates. The Al 
extraction increased from 2 wt pct at 30 mL/min each of 
Cl2 and co to 5 wt pct at 100 mL/min each of Cl2 and 
CO. The Cl2 and CO flow rates of 50 mL/min were 
selected for chlorinating 25-g charges of the Ni-W-AI 
catalyst at 300 mL/min N2. The only volatile chloride 
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collected during the chlorination of the Ni-W-AI catalyst Ni-Mo-Al and Ni-W-Al 
was identified as W02CI2• 
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chlorinated at 450°C 
for 30 min 
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Figure 3.-Extraction of Ni, Mo, and AI from Ni-Mo-AI catalyst 
with C12, N2• and air (700 mL/min N2). 
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Figure 4.-Extraction of Ni, W, and AI from Ni-W-AI catalyst with 
C12, N2, and CO2:CO (50 mL/min CI2 and 700 mL/min N2 ). 

Chlorination of the waste Ni-Mo-AI and Ni-W-AI cata
lysts in a fluidized bed was compared with chlorination of 
these catalysts in an expanded bed using lower N2 flow 
rates to reduce the consumption of N2• The expanded bed 
is defined as a condition in which the particles of catalyst 
move slightly apart and about in a restricted region. The 
waste Ni-Mo-AI catalyst was chlorinated at 4500 C for 60 
min with 60 mL/min C12, 60 mL/min air, and 300 mL/min 
N2• The waste Ni-W-AI catalyst was chlorinated at 4500 C 
for 60 min with 50 mL/min C12, 50 mL/min CO, and 300 
mL/min N2• The chlorination reaction ceased after about 
30 min for both waste materials. The use of the extra 30 
min (total 60 min) for chlorination was an attempt to 
maximize the metal extraction. Typical results for the 
fluidized-bed chlorination and the expanded-bed chlorina
tion tests are summarized in table 3. Metal extraction 
increased when chlorination was performed in the ex
panded bed. The better extraction in the expanded bed 
could be attributed to a higher concentration of Cl2 and/ 
or a longer chlorination time. After these tests, waste 
catalysts were chlorinated only in the expanded bed. 

Co-Mo-AI 

Three types of waste Co-Mo-AI catalysts (see table 1) 
were chlorinated in an expanded bed under conditions with 
or without CO. The Co-Mo-AI catalysts were (1) waste 

100~--~--~----~--~ 

80 ..v 
+- 0 
U 
0. KEY 
+- oNi !t 60 .. "W z 6AI 0 -I- 40 25 - 9 catalyst U « chlorinated at 450°C 
0:: for 30 min 
l-
X 20 <::! w 

o -. .... 6::;.......&... __ ...1.-__ "'--_ ....... 

20 40 60 80 100 
INDIVIDUAL CI 2 AND CO FLOW RATE, 

mL/min (C1 2 : CO ratio = I ) 
Figure S.-Extractlon of Ni, W, and AI from Ni-W-AI catalyst with 

C12, N2, and CO (700 mL/min N2 ). 
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from high-temperature oil shale treatment (sample D), 
(2) heat-treated waste containing no As (sample E), and 
(3) waste contaminated with Ni and V (sample F). A 50 g 
sample of the As-containing waste catalyst (sample D) was 
chlorinated at 4500 C for 1 h with 100 mL/min Cl2 and 
400 mL/min N2• This resulted in the extraction of less 
than 50 wt pct of the Co and Mo. Another charge of this 
catalyst was chlorinated at 4500 C for 1 h with 100 mL/min 
C12, 100 mL/min CO, and 400 mL/min N2. Extraction 
levels then increased to about 60 wt pct Co and 70 wt pct 
Mo. The second type of waste catalyst (sample E) was 
chlorinated at 4500 C with the CI2·CO-N2 gas mixture. 
This test resulted in extractions of 68 wt pct Co and 87 wt 
pct Mo. Fifty- and twenty-five-gram samples of the third 
waste catalyst (sample F) were chlorinated for 2 h at 
6000 C with 100 mL/min Cl2 and 200 mL/min N2• 

Chlorination of the 25-g sample resulted in the extraction 
of more than 94 wt pct of the Ni, Co, Mo, and V. 

Chlorination data for the Co-Mo-AI catalysts are also 
summarized in table 3. These results indicate that the Co 
extraction was less than 70 wt pct for samples D and E, 
while Co extraction was over 90 wt pct for sample F, which 
contained Ni and V. The catalysts that had been used for 
high-temperature hydroprocessing (oil shale) or heat 

treated were very refractory and difficult to chlorinate. 
This could be attributed to formation of a stable cobaltous 
aluminate (CoAIP4) compound. The third waste catalyst 
had not been heat treated. Acetone was used to dissolve 
oil from the third waste catalyst, which contained Ni and 
V. After the oil was removed, the catalyst was roasted at 
3000 C for 2 h with N2 and chlorinated. Results indicate 
that anhydrous chlorination is technically feasible for metal 
extraction from waste Ni-Mo-Al, Ni-W-Al, and Co-Mo-Al 
catalysts that were not heat treated or were not used for 
high-temperature processing. 

Hydrolysis or Calcination of Volatile Chlorides 

Hydrolysis and calcination approaches were evaluated 
for recovering Mo03 or W03 from volatile Mo02Cl2 or 
W02Cl2 products from the chlorination of waste Ni-Mo
AI, Ni-W-AI, and Co-Mo-AI hydroprocessing catalysts. 
Five to ten grams of the collected volatile chlorides were 
used for hydrolysis or calcination studies. X-ray diffraction 
analysis identified only Mo03 or W03 in the products from 
the hydrolysis or calcination tests. Recoveries of metal 
values and product impurities are reported in table 4. 

Table 3.-Typical metal extraction from various catalysts by chlorination 

Waste Bed Wt, Flow rate, mL/min Chlorination Extraction, wt pct 
catalyst type 9 CI2 Air CO N2 Temp, Time, Ni Co Mo W V AI 

°c min 
Ni-Mo-AI: 

Sample A Fluidized 50 60 60 0 700 450 30 83 NAp 89 NAp NAp 4 
Do ..••.. Expanded . . 50 60 60 0 300 450 60 84 NAp 95 NAp NAp 11 

Ni-W-AI: 
Samplfl C

1 
•. Fluidized ... 25 50 0 50 700 450 30 73 NAp NAp 82 NAp 5 

Do ..... Expanded .. 25 50 0 50 300 450 60 79 NAp NAp 98 NAp 27 
Co-Mo-A!: 

~) Sample D2 .. · do ...... 50 100 0 100 400 450 60 61 73 NAp NAp 26 
Sample ~ .. · do ...... 50 100 0 100 400 450 30 () 68 87 NAp NAp 13 
Samplr F5 

•• · do ...... 50 100 0 0 200 600 120 91 94 29 NAp 68 15 
Do ..... · do ...... 25 100 0 0 200 600 120 99 99 94 NAp 98 36 

NAp Not applicable. 
lContains 13.1 wt pct W. 
2Contains 2.2 wt pct As. 
3Not analyzed. 
4Contalns no As. 
5Contains 9.4 wt pct V. 

Table 4.-Typical products recovered, purity, and Impurity content by hydrolysis and calcination, weight percent 

Waste catalyst Recovery Purity Impurity content 
and process Mo W A! Mo03 W03 CI A! Fe Si Ni Co Pb 

Ni-Mo-A! (sample A): 
Hydrolysis ....... 84 NAp 28 96.6 NAp 0.03 0.03 0.5 0.05 0.04 NAp NAp 
Calcination .. i ... 93 NAp 37 93.0 NAp .6 2.7 .5 .05 .08 NAp NAp 

Ni-W-A! (sample C ): 
Hydrolysis ...•... NAp 90 3 NAp 91.1 .8 1.7 1.0 .2 .04 NAp NAp 
Calcination ...... 

Co-Mo-A! (sample E2): 
NAp 57 8 NAp 76.3 .7 9.4 1.2 1.1 .04 NAp NAp 

Hydrolysis ....•.. 65 NAp 4 91.4 NAp .03 1.4 .6 .06 NAp 0.02 0.3 
Calcination ...... NA NAp 38 75.3 NAp 1.4 6.0 .9 .3 NAp .04 .1 

NA Not available. 
NAp Not applicable. 
lContalns 13.1 wt pct W. 
2Contains no As. 
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Recovery of Mo by hydrolysis of the Mo02Cl2 ranged 
from 65 to 84 wt pct. Ninety weight percent of the W was 
recovered by hydrolysis of the W02CI2• Calcination of 
volatile oxychlorides from the chlorination of the Ni-Mo
Al catalyst yielded a 93-wt-pct recovery of Mo. However, 
only 57 wt pct of the W was recovered from the volatile 
oxychloride products from the Ni-W-AI waste catalyst. 
However, a calcination approach would be recommended, 
if an effective calcination approach can be developed, 
because Clz can be more easily recycled. 

Hydrolysis of oxychlorides produced by the chlorination 
of Mo catalysts yielded 91.4 to 96.6 wt pct purity of Mo03 
products, while calcination yielded lower purity 75.3 to 93.0 
wt pct Mo03 products. Hydrolysis of oxychlorides from 
the catalyst containing W yielded a 91.1-wt-pct W03 prod
uct, while calcination yielded a 76.3-wt-pct W03 product. 
Higher purity Mo03 and W03 products were produced by 
hydrolysis than were produced by calcination. Also, oxides 
produced by hydrolysis had less Al contamination than the 
oxide products produced via calcination. 

Water Leaching of Chlorinated Charge, Purification, 
and Solvent Extraction or PreCipitation 

Water Leaching 

The spent chlorination charges of waste Ni-Mo-AI, Ni
W-AI, and Co-Mo-AI hydroprocessing catalysts were 
leached with water to extract the Ni or Co by dissolving 
unvolatilized nickel chloride (NiClz) or cobalt chloride 
(CoCI2). Water leaching also dissolved some of the other 
impurity metal chlorides. The unadjusted pH of leach 
solutions was about 3.5. Typical chemical compositions of 
the water-leached, dried residues are shown in table 5. 
The residues contained 64 to 80 wt pct AlP3' Before 
either Ni or Co was recovered from the residue leach 
solution, the impurities (AI, Fe, Si, and P) needed to be 
removed. Aluminum was the major impurity. Aluminum 
was separated from Ni or Co by precipitation with an 
NH40H-NH4CI solution. Using just NH40H coprecipi
tated Ni or Co with the AI, while the use of an NHpH
NH4CI solution produced a good separation of Ni or Co 
from AI. 
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A series of tests was made to investigate the effect of 
pH on the separation of Ni or Co from Al by adding an 
NHPH-NH4CI solution to the water-leach solution. Test 
data for the water-leach solutions of the chlorinated Ni
Mo-AI spent charges are plotted in figure 6. Up to 96 wt 
pct Al and 4 wt pct Ni were precipitated from the solutions 
at pH 5.4. Nearly 100 wt pct Al and 4 wt pct Ni were pre
cipitated at pH 9.8. Data for the water-leach solutions of 
the chlorinated Co-Mo-AI spent charges are shown in fig
ure 7. Results indicate that 80 wt pct Al is precipitated 
with 20 wt pct Co from the solutions at pH 5.2, and nearly 
100 wt pct of the Al and Co are coprecipitated at pH 9.7. 
These tests show that Ni and Al in solution can be sepa
rated at about pH 5 or 10, and Co and Al can be sepa
rated only at about pH 5. 
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Figure 6.-Effect of pH on separation of NI and AI from water 
leachate (chlorinated NI-Mo-AI catalyst). 

Table 5.-Chemlcal composition range for water-leached residues 

(Chlorinated Ni-Mo-AI, NI-W-AI, and Co-Mo-AI catalysts) 

Component 

AI ............................ . 
AI as AI 20 3 .••..•••••..•.•••..•.. 
Ni or Co ....................... . 
Mo or W .........•.............. 

wt pet 

33.6 -42.6 
63.5 -80.5 

. 37- 1.35 

.16- 1.25 

Component 

Fe ...........•...........•.... 
Si ............................ . 
P ........................... .. 

wt pet 

0.22-0.32 
.11-3.01 
.03-3.7 

.1 

'i! 
,i;:' 
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Figure 7.-Effect of pH on separation of Co and AI from water 
leachate (chlorinated Co-Mo-AI catalyst). 

Purification 

Purification tests were made to remove metal impuri
ties, other than AI, from water-leach solutions of chlor
ination residues of the waste Ni-Mo-AI, Ni-W-AI, and 
Co-Mo-AI catalysts. Purification was accomplished by 
addition of an NHPH-NH4CI solution to the leach solu
tion until the pH reached 5 or 10, depending upon the 
subsequent metal recovery approach. Precipitates of im
purities obtained during purification of the leach liquor 
at pH 5 or 10 were calcined at 6000 C for 2 h. This pro
duced an 80-wt-pct AlP3 product (table 6). This material 
can be either used for a refractory material or discarded. 

Solvent Extraction 

Solvent extraction was investigated for the recovery of 
Ni or Co from the purified leach solutions. Using triisooc
tylamine at pH 3 to extract and separate Ni and Co from 
these acid-chloride solutions could require eight mixer
settler stages (7-8). However, solvent extraction of Ni with 
LIX 64N from basic solutions requires only three stages 
(5). Recovering Ni or Co from acid-chloride solutions by 
solvent extraction does not appear to be economically 
feasible. Therefore, recovery of Ni from basic solutions 
was investigated using LIX 64N. 

Water-leach solutions from spent Ni-Mo-AI and Ni-W
Al chlorinated charges were purified by adjusting solutions 
with NHpH-NH4CI to pH 10. Test data are shown in 
table 7. These highly purified solutions contained less than 
0.01 giL each of Mo or W, AI, Fe, Si, and P. A solvent 
extraction test using 10 vol pct LIX 64N in kerosene was 
made on the purified leach solution from the Ni-Mo-AI 
spent charge. The Ni-Ioaded LIX 64N was stripped with 
an electrolyte containing 89.6 giL Ni and 3.7 giL HCI. 
Test data are shown in table 8. The results show that over 
99 wt pct of the Ni was extracted from the purified 
solution in one contact. More than 99 wt pct of the Ni 
was then stripped from the LIX 64N with one contact. 
The resultant strip solution contained 91.7 giL Ni, 0.001 
giL Mo, 0.018 giL Fe, and 0.002 giL Si and was suitable 
for electrowinning (9). 

Precipitation 

As an alternative approach, Ni or Co was precipitated 
from the pH 5 purified solutions with stoichiometric 
amounts of Na2S. The purified leach solutions contained 
less than 0.08 giL each of Mo, W, Fe, Si, or P, and less 
than 1.1 giL of AI, as shown in table 7. More than 98 wt 
pet of the Ni or Co was precipitated as a sulfide, leaving 
less than 0.03 giL Ni or Co in solution. The dried sulfide 
precipitates can be processed in existing metal refineries to 
yield Ni or Co metal. 

Table 5.-Typlcal chemical composition of calcined powder from precipitates 
obtained by pH 5 and pH 10 purification of water leachate 

Component 

AI20 3 •••••••••••••••••••••••••• 

Ni ........................... . 
Mo .......................•.... 
NA Not available. 

(Chlorinated Ni-Mo-AI catalyst) 

wt pot 

80.1 
NA 
. 1 

Component 

Fe ........................... . 
SI ...•..............•..•..•.... 
P ..................... " .... .. 

wt pet 

1.6 
.4 

2.1 



Table 7.-Purificatlon of water leachate by pH 
adjustment with NH40H-NH4CI solution 

Metal 

Ni ....... . 
Mo or W ... . 
AI ....... .. 
Fe ...... .. 
SI ........ . 
P ....... .. 

NI or Co ... . 
Mo orW ... . 
AI ........ . 
Fe ....... . 
SI ....... .. 
P ......... . 

Solution, giL 
Leach Purified 

pH ADJUSTED TO 101 
3.14 -5.25 2.07 -2.12 

.02 - .08 .004 - .01 
1.90 -2.86 .001 - .005 
.12 - .19 .0001 
.006- .05 .0001- .0003 

. 14 .008 

pH ADJUSTED TO 52 
2.73 -5.25 1.93 -4.66 

.009- .08 .001 - .03 
1.79 -2.86 .20 -1.05 
.10 - .19 .02 - .08 
.006- .13 .001 - .005 

.14 .020 

Precipitation, 
wt pct 

0.0-28.6 
18.8-82.0 
99.6-99.9 

99.9 
92.1-99.6 

90.7 

4.8-20.3 
72.5-96.0 
63.3-87.5 
39.7-69.7 
76.8-96.0 

76.4 

lChlorinated Ni-Mo-AI and NI-W-AI catalysts. 
2Chlorinated NI-Mo-Al, NI-W-AI, and Co-Mo-AI catalysts. 

Table 8.-Typical solvent extraction and stripping of Ni from 
purified pH 10 leachate (chlorinated NI-Mo-AI catalyst) 

Extraction 1 Stripping2 

Metal Organic, Aqueous, Extraction, Organic, Aqueous, Stripping, 
giL giL wt pct giL giL wt pct 

Ni . 2.0000 0.008 99.6 0.064 91.7 99.9 
Mo . .0010 .010 9.1 .001 .001 SO.O 
AI . . .0010 .004 20.0 .002 NA 92.0 
Fe. .0048 .0001 98.0 .009 .018 66.7 
Si . . .0020 .0008 71.4 .014 .002 12.5 
NA Not available. 
lExtraction from pH 10 leachate. 
2Stripped with an eleotrolyte oontalning 89.6 giL NI and 3.7 giL HCI. 

The most effective ways for recovering Ni and Co from 
aqueous leach liquors (from the chlorination residue) were 
by sulfide precipitation from the leach liquor adjusted to 
pH 5 or by solvent extraction of Ni from the leach liquor 
adjusted to pH 10, followed by electrowinning Ni from the 
strip solution. The solvent extraction approach is pre
ferred only if prices of Ni and Co are high enough to make 
a profit. 

TWO-STEP NaOH-H2S04 LEACHING PROCESS 

A processing scheme was devised for recovering metals 
from waste hydroprocessing catalysts by leaching with a 
NaOH solution followed by leaching the residue with 
H2S04, An example of this processing scheme is shown in 
figure 8 for the waste Ni-Mo-AI hydroprocessing catalyst. 
The procedure consists of first leaching the waste catalyst 
with a 20-g/L NaOH solution at atmospheric pressure. 
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The NaOH leach solution extracted Mo and some AI, 
while the balance of the AI and the Ni remained in the 
residue with the other metal impurities. The Mo was 
extracted from the leach solution by solvent extraction with 
Aliquat 336. 

Molybdenum was recovered from that strip solution by 
precipitation with CaCI2• When the solvent extraction 
raffinate stood overnight, AI(OH)3 precipitated. After 
filtering off the AI(OH)3 precipitate, the filtrate can be 
recycled for further caustic leaching . 

In the second step of the procedure, the NaOH leach 
residue was leached at atmospheric pressure with 100 giL 
H2S04 to extract Ni. The resulting solution was then pur
ified by addition of NHpH and (NH4)2S04 to precipitate 
Al and other metal impurities at either pH 5 or 10. The 
precipitates obtained from this purification step were 
leached with water to separate (NH4)2S04 from AI(OH)3 
and other metal impurity precipitates. During this step, 
100 mL HzO was used for 70 g of precipitates. The 
(NH4)2S04 was dissolved from the precipitate and was 
recovered by evaporation and crystallization as a byprod
uct. The water insolubles were dried and calcined at 
6000 C for 2 h to recover A120 3. Nickel was recovered 
from the purified pH 10 solution by solvent extraction 
followed by electrowinning Ni from the strip solution. As 
an alternative, Ni could be precipitated from the purified 
pH 5 solution with Na2S. 

This processing scheme can also be applied to waste Ni
W-AI and Co-MoDAl catalysts. However, for the waste 
Co-MoDAl catalyst, the acid leach solution can be purified 
only at pH 5. At pH 10, cobalt hydroxide [Co(OH)21 
precipitates from the solution. 

NaOH Leaching 

Ni-Mo-AI and Ni-W-AI 

Processing parameters such as weight of catalyst charge 
and concentration of NaOH for the extraCtion of Mo, W, 
and Al from waste Ni-Mo-AI and Ni-W-AI hydroprocess
ing catalysts were evaluated at atmospheric pressure. 
Fifty-gram samples of the spent Ni-Mo-AI catalyst (sample 
B) were leached with 1 L of 5-, 10-, 20-, 100-, or 150-g/L 
NaOH solutions. Extraction values for leaching Ni, Mo, 
and Al with NaOH are shown in figure 9. Leaching 50 g 
of Ni-Mo-AI spent catalyst with 20 giL NaOH resulted in 
extractions of 96 wt pct Mo, 34 wt pct AI, and 0.08 wt pct 
Ni. Doubling the amount of waste Ni-Mo-AI catalyst 
leached to 100 g while leaching with 20 giL NaOH re
sulted in extractions of 91 wt pct Mo, 6.9 wt pet AI, and 
0.08 wt pct Ni (table 9). 
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Table 9.-Metal extraction by leaching of various waste hydroprocessing catalysts with NaOH solutions 

Waste Wt, Leaching Extraction, wt pct 
catalyst 9 NaOH, giL Pressure Ni Co Mo W V AI 

Ni-Mo-Al: Sample B .... 100 20 Atmospheric 0.08 NAp 91 NAp NAp 6.9 
Ni-W-Al: Sample C1 ••.. 100 20 . do .... .06 NAp NAp 86 NAp 16 
Co-Mo-AI: 

Samplf' 02 .....•... 50 100 . do .... NAp 0.08 46 NAp NAp 39 
Do ............. 50 20 150 psig 02 NAp .08 86 NAp NAp 26 

Sample E3 ......... 100 100 Atmospheric NAp .08 86 NAp NAp 25 
Do? ............ 50 20 150 psig 02 NAp .08 91 NAp NAp 22 

Sample ~ ......... 50 100 Atmospheric NA NA 20 NAp 40 NA 
00.4 ............ 50 100 150 psig 02 .2 .3 81 NAp 86 95 

NA Not available. 
NAp Not applicable. 
lContains 13.1 wt pct W. 
2Contains 2.2 wt pet As. 
3Contains no As. 
4Contalns 9.4 wt pet V. 

Fifty-gram samples of the waste Ni-W-AI catalyst were 
leached with 5-, 10-, or 20-g/L NaOH solutions. Extrac
tion values for Ni, W, and Al are plotted in figure 10. The 
best results were obtained by leaching 50-g samples of the 
spent Ni-W-AI catalyst with 20 giL NaOH to produce ex
tractions of 91 wt pct W, 25 wt pct AI, and 0.06 wt pct Ni. 
Increasing the amount of spent Ni-W-AI catalyst from 50 

to 100 g while leaching with 20 giL NaOH resulted in 86 
wt pct W, 16 wt pct AI, and 0.06 wt pct Ni extractions 
(table 9). 
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When leaching with 20-g/L NaOH, Al extraction 
decreased as the amount of waste catalyst used was 
increased from 50 to 100 g. The Mo or W extractions 
were more than 86 wt pct. 
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Figure 9.-Extraction of Ni, Mo, and AI from NI-Mo-AI catalyst Figure 10.-Extraction of Ni, W, and AI from Ni-W-AI catalyst 
with NaOH (50 g Ni-Mo-AI to 1 L of NaOH solution). with NaOH (50 g NI-W-AI to 1 L of NaOH solution). 
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Co-Mo-Al 

Processing parameters were evaluated for the extraction 
of Mo and Al from three types of waste Co-Mo-AI cata
lysts by NaOH leaching at atmospheric pressure or at 150 
psig Oz. The Oz could help to remove sulfureous or car
bonaceous matter. Tests were conducted at 100° C for 
2 h. One-hundred-gram samples of a waste Co-Mo-AI 
catalyst (sample E) were leached with 50-, 100-, 120-, or 
150-g/L NaOH at atmospheric pressure (fig. 11). The 
leach solutions must contain more than 50 giL of NaOH 
to extract more than 80 wt pct of the Mo. Samples of the 
waste Co-Mo-AI catalyst were also leached with 10-, 20-, 
50-, or 100-g/L NaOH solutions at 150 psig Oz. Results 
are shown in figure 12. Leaching 50-g samples of waste 
Co-Mo-AI catalyst with 20 giL NaOH at 150 psig O2 
resulted in extractions of 91 wt pct Mo, 22 wt pct AI, and 
0.08 wt pct Co (table 9). 

The waste Co-Mo-AI catalyst containing As (sample D) 
and the waste Co-Mo-AI catalyst containing Ni and V 
(sample F) were leached with 100 giL NaOH at atmos
pheric pressure. This resulted in Mo and V extractions of 
less than 50 wt pct. However, when the Co-Mo-AI catalyst 
containing As was leached with 20 giL NaOH at 150 psig 
O2, Mo extraction exceeded 80 wt pct. When the waste 
Co-Mo-AI catalyst containing Ni and V was leached with 
100 giL NaOH at 150 psig O2, Mo and V extractions of 
over 80 wt pct were obtained (table 9). It appears that 
these waste Co-Mo-AI catalysts could be hydrophobic, so 
they need to be leached under pressure to enhance the 
metal dissolution during leaching. 

Solvent Extraction 

Several Mo extraction isotherms were prepared using 20 
vol pct and 30 vol pct Aliquat 336 for extraction of Mo 
from 20-g/L NaOH leach liquors from a Ni-Mo-AI catalyst 
(fig. 13). The interpretation of these isotherms indicated 
that 20 vol pct Aliquat 336 plus 2 vol pct isodecanol in 
Kermac 470B at 40° C were suitable parameters for ex
tracting Mo from the leach liquor. Molybdenum can be 
extracted from the 6.6-g/L leach liquor in three stages with 
20 vol pct Aliquat 336 at 40° C to yield an 88-wt-pct Mo 
extraction. In two stripping stages, a 25-g/L NH4CI solu
tion stripped 95 wt pct of the Mo from the loaded Aliquat. 
Over 99 wt pct of the Mo was precipitated as CaMo04 
from the NH4CI strip solution by adding a stoichiometric 
amount of CaClz. 

Various types of NaOH leach solutions from waste Co
Mo-AI catalysts (samples D and E) were prepared for 
evaluating the solvent extraction of Mo with 20 or 30 vol 
pct Aliquat (table 10). The 100-g/L NaOH leach solution 
used in tests 1 and 2 was prepared at ambient pressure. 
The 20-g/L NaOH leach solution used in test 3 was pre
pared at 150 psig O2 pressure. The 100-g/L NaOH leach 
solutions used in tests 4 and 5 were also prepared at 150 
psig Oz pressure. The leach solutions used in test 4 were 
treated with sodium silicate to remove Al and As. 
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Figure 11.-Extractlon of Co, Mo, and AI from Co-Mo-AI 
catalyst with NaOH by atmospheric leaching (100 g Co-Mo-AI to 
1 L of NaOH solution). 
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of NaOH solution). 
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Table 10.-NaOH leachate from waste Co-Mo-AI catalysts used for solvent extraction tests 

(All tests conducted at 100° C) 

Test NaOH, 
giL 

1 100 
2 100 
3 20 
4 100 
5 100 
NAp Not applioable. 

Leaching 
Pressure, 

psig 
Atmospherio 

· do .... . 
150 psig .. . 

· do .... . 
· do .... . 

Mo 
2.13 
2.13 
3.01 
2.55 
2.76 

The best Mo solvent extraction results were obtained 
from the Co-Mo-AI catalyst (sample E) that was pressure 
leached with a 20-g/L NaOH leach liquor (test 3). More 
than 80 wt pct of Mo was extracted from the leachate with 
20 vol pct Aliquat 336 in two stages using an O:A ratio of 
1.1:1 (50° C). The CaMo04 was produced by stripping Mo 
from the loaded solvent with an NH4CI solution and pre
cipitating with CaCI2• However, less than 72 wt pct of Mo 
was extracted from the 100-g/L NaOH solutions (tests 1, 
2, 4, and 5). This could be attributed to a lower concen
tration of Mo (tests 1 and 2), a higher concentration of Si 
(test 4), and a higher concentration of Al and As (test 5), 
which affected the Mo extraction. 

Tungsten was extracted from the 20-g/L NaOH leach 
liquor of the Ni-W-AI catalyst by extraction with 20 vol pct 
Aliquat 336 (fig. 14) in three extraction stages. Three strip 
stages using a 7-wt-pct NH40H strip solution stripped the 
W from the loaded extractant. The solvent was loaded at 

Figure 13.-Molybdenum extraction Isotherms-Aliquat 336 
versus Ni-Mo-AI NaOH raffinate. 

Extraotion parameters 
Aqueous feed, giL Allquat 336, Temp, 
AI As Si vol pct °C 

3.15 NAp NAp 30 30 
3.15 NAp NAp 30 60 
3.39 NAp 0.001 20 50 

.16 0.02 .85 20 50 
13.40 .87 .17 20 50 

40° C, using an O:A ratio of 1.1:1, with 85 wt pct of the W 
being extracted from the leach liquor. Three stages of 
stripping with 7 wt pct NH40H and an O:A ratio of 2:1 
removed 94 wt pct of the W from the loaded solvent. The 
raffinate, containing 16 wt pct of the W, can be adjusted to 
20 giL NaOH, and returned to the leaching circuit. 
Tungsten-barren solvent is recycled to the solvent extrac
tion circuit. Recycling the raffinate to the leaching circuit 
and recycling the stripped solvent to the solvent extraction 
circuit minimizes the loss of W. Evaporation of the 
NH40H strip solution at 70° C yielded the commercial 
product (NH4)lOW1P41' 
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H2S04 Leaching, Purification, and Solvent 
Extraction or Precipitation 

"2S04 Leaching 

NaOH leach residues from the waste Ni-Mo-AI, Ni-W
AI, and Co-Mo-AI hydroprocessing catalysts were leached 
with H 2S04 to recover Ni or Co. The pH of the leach 
solutions was about 1.1. Fifty- or one-hundred-gram sam
ples of the NaOH leach residues were leached with 1 L of 
either 100-g/L or 50-giL H 2S04 at atmospheric pressure. 
Results are summarized in table 11. More than 86 wt pct 
of the Ni or Co and more than 58 wt pct of Al were ex
tracted from the NaOH leach residues. These H2S04 
leach residues, which contained 55 to 70 wt pct AlP3' can 
be discarded after acid neutralization. 

Aluminum, the major impurity, and other metal impuri
ties needed to be removed from the H2S04 leach solutions 
prior to recovery of Ni or Co. The effect of pH on the 
separation of Ni or Co from Al in the leach solutions was 
investigated by adjusting pH with a NHPH-(NH4)2S04 
solution. Test data for the H 2S04 leach solutions from the 
NaOH leach residues (Ni-Mo-AI catalyst, sample B) are 
plotted in figure 15. More than 96 wt pct of the Al and 12 
wt pct of the Ni were precipitated from these solutions at 
pH 5.2. Almost 100 wt pct of the Al and 6 wt pct of the 
Ni were precipitated at pH 10. Test data for the H2S04 
leach solutions from the NaOH leach residues (Co-Mo-AI 
catalyst, sample E) are plotted in figure 16. These results 
indicate that 92 wt pct of the Al and 3 wt pct of the Co 
were precipitated from the solutions at pH 5, and almost 
100 wt pct of the Al and 40 wt pet of the Co were precip
itated at pH 9.5. The tests showed that Ni could be sep
arated from Al in solutions at pH's of 5 and 10; however 
Co and Al could be separated only at a pH of about 5. 
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Figure 1S.-Effect of pH on separation of NI and AI from 

H2S04 leachate (NaOH-leached Ni-Mo-AI reSidues). 

Purification 

Purification tests were made to remove metal impu
rities, other than AI, from the H 2S04 leach solutions. 
These impurities were precipitated by the addition of an 
NH40H-(NH4)2S04 solution until the pH reached 5 or 10, 
depending upon the subsequent metal recovery approach. 
Precipitates from the pH 5 or pH 10 purification steps 
were calcined at 6000 C for 2 h to yield products contain
ing over 84 wt pct AIP3 (table 12). These products can 
be either used for a refractory material or discarded. 

Table 11.-Metal extraction by leaching of NaOH-leached residues with H2S04 solutions 

(1 L H2S04 solution and atmospheric pressure used In each test at 1000 C for 1 h) 

Waste catalyst WI, H2SO4, Extraction, wt pct 
leach residue g giL NI Co Mo W V AI 

NI-Mo-AI: Sample B ..... 50 100 98 NAp 65 NAp NAp 90 
Ni-W-AI:Sample C1 ..•.. 50 100 92 NAp NAp 50 NAp 76 
Co-Mo-AI: 

~) Sample 0: .......... 50 100 92 43 NAp NAp 76 
Sample E ' ........ , 50 100 () 86 48 NAp NAp 58 
Sample FS ........•. 100 50 96 93 16 NAp 96 76 

NAp Not applicable. 
lContains 13.1 wt pct W. 
2Contains 2.2 wt pct As. 
3Not analyzed. 
4Contains no As, 
SContalns 9.4 wt pct V. 
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Table 12.-Typical chemical compositions of calcined powder from precipitates 
obtained by pH 5 or pH 10 purification of H2S04 leachate 

(NaOH-leached Ni-Mo-AI residues) 

Component 

AI20 3 •••••••••••••••••••••••••• 

Ni ........................... . 
Mo ........................... . 
NA Not available. 

Solvent Extraction 

wtpet 

84.5 
A 
. 2 

Studies were also conducted to recover Ni or Co from 
the purified H2S04 leach solutions by solvent extraction. 
Separation and recovery of Co and Ni from the acid sul
fate leach solution with di(2-ethylhexyl) phosphoric acid 
requires a 4O-ft sieve-plate pulse column (10). This ap
proach appears not to be economic for recovering metal 
from these leach liquors. Cyanex 272, an organic extract
ant, has been successfully used at pH 5 for solvent extrac
tion of Co from Ni in leach liquors that contained less 
than 30 giL S04 (11). However, less than 2 wt pct Co 
was extracted from the purified 100-g/L sulfate-leach solu
tion at pH 5. The high resultant sodium sulfate (Na2S04) 
concentration of the leach solution may have blocked Co 
extraction with Cyan ex 272. 
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Figure 16.-Effect of pH on separation of Co and AI from H2S04 
leachate (NaOH-leached Co-Mo-AI residues). 

Component 

Fe .......................... .. 
Si ...........•................. 
P ........................... .. 

wt pet 

NA 
004 
3.0 

As an alternative approach, Ni was recovered from 
basic solutions by a technique similar to the one used for 
leach solutions from anhydrous chlorination spent charge. 
H2S04 leach solutions from the NaOH leach residues 
of Ni-Mo-AI and Ni-W-Al were purified by addition of 
NHpH-(NH4)2S04 solution to pH 10. Data for these 
tests are shown in table 13. The purified solutions con
tained less than 0.16 giL of Mo or Wand less than 0.04 
giL each of AI, Fe, Si, and P. Nickel was removed from 
the purified leach solutions (Ni-Mo-AI catalyst) with 10 vol 
pct LIX 64N in kerosene. The Ni-Ioaded organic was then 
stripped with an electrolyte containing 91.2 giL Ni and 9.7 
giL H2S04 (table 14). These results showed that 99 wt pct 
of Ni in the purified solution was extracted in one contact, 
and nearly 100 wt pct of Ni was stripped from the organic 
in one contact. The pregnant electrolyte, which contained 
91.7 giL Ni, 0.01 giL Mo, 0.006 giL AI, 0.006 giL Fe, 
and 0.004 giL Si, was suitable for electrowinning (9). 

Table 13.-Purification of H2S04 leachate by pH 

adjustment with NH40H-(NH4}zS04 solution 

Metal 

Ni , ...... . 
Mo or W .. ,. 
AI ... , ... .. 
Fe ....... . 
SI ........ . 
P ....... .. 

Ni or Co ... . 
MoorW ... . 
AI ........ . 
Fe ...... .. 
Si ........ . 
P ........ . 

Solution, giL 
Leach Purified 

pH ADJUSTED TO 101 

1.06- 2.01 0.50 -0.74 
.36- .61 .. 14 - .16 

9.6 -14.2 .005 - .011 
.06 - .27 .0003- .002 
.07 - 1.28 .004 

1.14 .04 

pH ADJUSTED TO 52 
1.06- 2,01 0.70 -1.00 
.36- .61 .09 - .24 

9.6 -14.2 .21 - .71 
.06- .27 .007 - .06 
.07 - 1.28 .003 - .005 

1.14 .02 

Precipitation, 
wt pct 

9.2-13.2 
13.1-25.1 
99.8-99.9 
95.0-99.4 
87.5-9504 

93.8 

5.2-14.8 
17.8-63.1 
93.9-97.6 
68.5-93.1 
74.7-99.2 

97.6 

1Leachate produced from NaOH-leached residues of Ni-Mo-AI and 
Ni-W-AI catalysts. 

2Leachate produced from NaOH-leached residues of Ni-Mo-Al, NI
W-AI, and Co-Mo-AI catalysts. 
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Table 14.-Typlcal solvent extraction and stripping of NI from 
purified pH 10 leachate (NaOH-leached NI-Mo-AI residues) 

Extraction Stripping! 
Metal Organic, Aqueous, Extraction, Organic, Aqueous, Stripping, 

giL giL wt pet giL giL wt pet 
NI . 0.49 0.005 99.0 0.001 91.7 100 
Mo. .015 .12 11.1 .016 .012 42.9 
AI . . .011 .004 13.3 .001 .006 85.9 
Fe. .005 .0003 94.3 .0062 .0006 8.8 
Si . . .012 .080 13.0 .004 .004 50.0 

IStripped with an electrolyte containing 91.2 giL Ni and 9.7 giL 
H2S04, 

Precipitation 

As an alternative approach, Ni or Co remaining in the 
pH 5 purified solutions was recovered by precipitation 
with Na2S. The purified leach solutions contained less 

than 0.71 giL AI, less than 0.24 giL of Mo or W, and less 
than 0.06 giL each of Fe, Si, and P, as shown in table 13. 
Stoichiometric amounts of Na2S were added to precipitate 
either Ni or Co as NiS or CoS. The Ni and Co recoveries 
were 36 wt pct and 61 wt pct, respectively. In comparison, 
more than 98 wt pct of the Ni or Co was recovered by 
precipitation from the purified water-leach solutions of 
chlorination spent charge. The low recovery of metals 
from the acid sulfate system could be attributed to 
formation of thiosalt from oxidation of Na2S by the H 2S04 
solution. The recovery of Ni and Co by sulfide 
precipitation from acid sulfate solution was unacceptably 
low. More research is needed to improve the economics 
of recovering Ni and Co from acid sulfate solutions. 
Based upon the tests conducted, it appears that the solvent 
extraction of Ni from basic solutions is the most effective 
method for separating and recovering Ni in the two-step 
NaOH-H2S04 leaching process. 

PROCESS ECONOMICS 

A preliminary economic evaluation for comparison of 
the two processes to recover Mo and Ni from a waste Ni
Mo-AI catalyst was prepared by the Bureau's Process 
Evaluation Group. The chlorination process with solvent 
extraction to recover Ni (fig. 2) and the caustic-acid leach 
process (fig. 8) were evaluated. Capital and operating 
costs were estimated based on plants that were sized to 
handle 39,000 lb of waste Ni-Mo-AI catalyst per day, or 
12.9 million lblyr on 330 days of operation per year. The 
estimated fixed capital costs for the two processes are $8 
million and $9.6 million, respectively, for the chlorination 
process and caustic-acid leach process. The estimated 
operating costs for the two processes are about $0.20 and 
$0.40 per pound of waste catalyst, respectively. The chlori
nation process produces $15,600 per day of products, while 

the caustic-acid leach process produces $15,000 per day of 
products. The chlorination process appears to have an 
economic advantage over the caustic-acid leach process. 
Lower raw material costs, $0.03 versus $0.203 pel' pound 
of waste catalyst, are the primary advantages of the chlori
nation process. 

A summary of the economic evaluation is presented in 
the appendix. A brief description of the two processes is 
given, followed by a discussion of the capital cost, operat
ing cost, product value, and process comparison. Tables 
detailing these costs are provided. This cost study is in
tended as a source of information to guide future research 
to improve the processes, and significant process changes 
are still likely. 

SUMMARY AND CONCLUSIONS 

Using batch laboratory-scale data, this investigation has 
deVeloped two processing approaches for recovering metal 
values from waste hydroprocessing catalysts. An anhy
drous chlorination process and a caustic-acid leaching 
process both appear to be technically feasible. 

For the anhydrous chlorination process, a waste catalyst 
was roasted at 4000 C for 30 min to remove sulfur and 
moisture. The roasted catalyst was then chlorinated at 
4500 C for 30 min to separate volatile Mo02Cl2 or W02CI2 

from less volatile NiCI2, or CoCI2, and AIC13• The 
M002C~ or W02Cl2 was hydrolyzed to recover Mo03 or 
W03 as a final product. Hydrolysis recovered 65 to 84 wt 
pct of Mo and 90 wt pct of W. The chlorinated spent 
charge was leached with water. The leach liquor was 
purified with an NH40H-NH4CI solution to precipitate Al 
and other metal impurities. At about pH 10, Ni was 
recovered by solvent extraction. The Ni or Co was 
precipitated from the purified solution at about pH 5 with 

Na2S. The chlorination step extracted from 73 to 99 wt pct 
of the Ni, from 61 to 99 wt pct of the Co, from 73 to 95 wt 
pct of Mo, and from 82 to 98 wt pct of the W. In the final 
recovery step, solvent extraction recovered over 99 wt pct 
of the Ni from the purified solution. Over 98 wt pct of the 
Ni or Co was recovered by sulfide precipitation. The max
imum overall recoveries for Ni, Co, Mo, and W in weight 
percent were 98 (by solvent extraction) or 97 (by precipi
tation), 97, 80, and 88, respectively. These numbers were 
obtained by multiplication of percent of extraction during 
the chlorination step and percent of recovery during the 
final recovery step. 

For the caustic-acid leaching process, the waste cata
lyst was first leached with NaOH to solubilize Mo or W 
and some of the AI. Then the NaOH leach residue was 
leached with H2S04 to solubilize Ni or Co. Molybdenum 
was recovered from the caustic leach liquor by solvent 
extraction followed by precipitation of Mo with a CaCl2 
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solution to yield CaMo04• Tungsten was recovered by 
evaporation of the ammoniacal strip solution to yield 
(NH4)lOW1P4l' The acid leach liquor was purified with an 
NH40H-(NH4)zS04 solution to precipitate Al and other 
metal impurities. At about pH 10, Ni was recovered by 
solvent extraction. From the pH 5 purified leach solution, 
the Ni or Co was recovered by precipitation with NazS. 
The NaOH leaching step extracted from 81 to 91 wt pct of 
the Mo, or about 86 wt pct of the W. The H2S04 leaching 
step extracted from 92 to 98 wt pct of the Ni, or from 86 
to 93 wt pct of Co. In the final recovery step, over 84 wt 
pct of the Mo or W was extracted by solvent extraction. 
The Mo was precipitated from the solvent extraction strip 
solution and the W was recovered by evaporation of the 
strip solution. Over 99 wt pct of the Ni was recovered by 
solvent extraction. From 36 to 61 wt pct of the Ni or Co 
was recovered by sulfide precipitation. The maximum 
overall recoveries for Ni, Co, Mo, and W in weight percent 
were 97 (by solvent extraction) or 60 (by precipitation), 
57, 76, and 72, respectively. 
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A preliminary economic evaluation estimates the fixed 
capital cost for a plant processing 39,000 lb of waste Ni
Mo-AI catalyst per day at $8 million for the chlorination 
process and $9.6 million for the caustic-acid leaching 
process. The estimated operating cost is about $0.20/lb 
and $OAO/lb waste catalyst, respectively, for the chlori
nation process and the caustic-acid leaching process. The 
anhydrous chlorination process appears to have both tech
nical and economic advantages over the caustic-acid leach
ing process. The chlorination process produces more valu
able products (Mo03 and W03) and recovers Ni and Co 
by a simple approach (water leaching followed by solvent 
extraction or precipitation). The chlorination process has 
lower capital and operating costs than the caustic-acid 
leaching process. However, the chlorination process gen
erated a large quantity of waste from the hydrolysis of 
MoOzClz and WOzClz' The waste products were generated 
from neutralization of solutions with lime. The major 
component of the waste was Cael2• 

REFERENCES 

1. Hennion, F. J., and J. Fal'kas. Assessment of Critical Metals in 
Waste Catalysts (contract J0215042, Inco Research & Development 
Center, Inc.). BuMines OFR 197-82, 1982, 170 pp.; NTIS PB 83-144832. 

2. Siemens, R. E., B. W. Jong, and J. H. Russell. Potential of Spent 
Catalysts as a Source of Critical Metals. Conserv. & Recycl., v. 9, 
No.2, 1986, pp. 189-196. 

3. Jong, B. W., and R. E. Siemens. Proposed Methods for Recover
ing Critical Metals From Spent Catalysts. Paper in Recycle and Secolld
aty RecovelY of Metals, ed. by 1'. R. Taylor, H. Y. Sohn, and N. Jarrett. 
Metall. Soc. AIME, 1985, pp. 477-488. 

4. Hubred, O. L., and D. A. VanLeil'sbul'g. Stl'ipping a Solution 
Containing Molybdenum and Vanadium Values. U.S. Pat. 4,434,140, 
Feb. 28, 1984. 

5. Nilsen, D. N., R. E. Siemens, and S. C. Rhoads. Solvent Extrac
tion of Nickel and Coppel' Fl'om Laterite-Ammoniacal Leach Liquol's. 
BuMitles RI 8605, 1982, 29 pp. 

6. Ouethert, A., R. Muenze, and B. Eichler. Contribution to the 
Thel'l1lOdynamics of the Molybdenum-Oxygen-Chlorine System. J. 
Radioanal. Chem., v. 62, No. 1-2, 1981, pp. 91-101. 

7. Bl'Ooks, P. T., and J. B. Rosenbaum. Separation and Recovery 
of Cobalt and Nickel by Solvent Extraction and Electrol'efining. 
BuMines RI 6159, 1963, 30 pp. 

8. Wigstol, E., and K. Froyland. Solvent Extraction in Nickel 
Metallurgy. The Falconbridge Matte Leach Process. Paper in Pro
ceedings of an Intel'l1ational Symposium on Solvent Extraction in 
Metallurgical Processes. Technol. Inst. K. VIV, Antwerp, Belgium, 
1972, pp. 71-81. 

9. Fossi, P., L. Oat'don, C. Bozec, and J. M. Demal'the. Refining of 
High-Nickel Concentrates. CIM Bull., v. 70, July 1977, pp. 188-197. 

10. Ritcey, O. M., A. W. Ashbrook, and B. H. Lucas. Development 
of a Solvent Extraction Process for the Separation of Cobalt Fl'om 
Nickel. CIM Bull., v. 68, Jan. 1975, pp. 111-123. 

11. Jeffers, T. H. Separation and Recovery of Cobalt From Copper 
Leach Solutions. J. Met., v. 37, Jan. 1985, pp. 47-50. 

12. Weaver, J. B., and H. C. Bauman. Cost and Profitability Estima
tion. Sec. 25 in Chemical Engineers' Handbook, ed. by R. H. Perry and 
C. H. Chilton. McGraw-HilI, 5th ed., 1973, p. 46. 

I, 

, ' , , 

II, : 



, 

t!' I 
I 

I 

22 

APPENDIX.-PROCESS ECONOMICS 

By Thomas A. Phillips 1 

PLANT DESCRIPTIONS 

Two plant designs to recover both Mo and Ni from a 
spent hydroprocessing catalyst are presented. Each is 
based on a flowsheet and material balance supplied by 
research personnel. Each plant is sized to handle 12.9 
Mlb of spent Ni-Mo catalyst per year, containing about 250 
Mlb Ni and 1.2 Mlb Mo. This capacity is approximately 
equivalent to the entire annual generation of spent catalyst 
for the United States as reported by Inco (1)2 in 1982. 
Operation of each plant is assumed to be 1 shift per day, 
7 days per week, 330 days per year; 

Chlorination Process 

This process is based on the anhydrous chlorination of 
the spent catalyst. The process description is arbitrarily 
divided into four sections: chlorination, leaching, Ni re
covery, and Mo recovery. 

Chlorination Section 

Spent catalyst is received by truck and stored in open 
bins. A front-end loader picks up the catalyst and dumps 
it into a hopper from which it is conveyed to a hammer 
mill where it is crushed to pass a 10-mesh screen. 
Crushed catalyst is roasted in a fluidized-bed to remove 
moisture and deleterious elements, such as sulfur. The 
catalyst is fluidized with a stream of combustion products 
and air at 4000 C. Offgases are scrubbed with lime to 
collect the S02, and the sludge is discarded. 

The hot roasted catalyst is then fed by gravity to a fluid
ized chlorination vessel where it is heated to 4500 C by 
contact with a C12-N2 gas mixture. The gas mixture is a 
combination of recycled N2 carrier gas, unreacted C12, and 
makeup C12. A natural-gas-fired heater is used to preheat 
the chlorination gas mixture. Most of the metals, with the 
exception of AlP3, react with the Cl2 to form chlorides. 
Mo02Cl2 volatilizes at the operating temperature and is 
collected from the offgases. 

Leaching Section 

Solids from the chlorinator are leached with water 
to dissolve the NiCI2. Filtration of the resulting slurry 

IChemical engineer, Office of Process Evaluation, U.S. Burcau of 
Mines, Washington, DC (now with Division of Minerals and Materials 
Science, U.S. Bureau of Mines, Washington, DC). 

2Italic numbers in parentheses refer to items in the list of references 
preceding the appendix. 

separates the unreacted oxides, which are mostly A120 3, 
from the filtrate. The filtrate is mixed with NH40H 
to precipitate the small amount of dissolved AlP3 as 
AI(OH)3' After a second filtration, the solution is pumped 
to the Ni recovery section. The AI(OH)3 precipitate is 
dried and calcined at 6000 C to produce A120 3. This 
product is cooled and conveyed to a storage bin prior to 
shipment. 

Nickel Recovery Section 

The Ni-bearing solution from the leaching section is fed 
to a mixer-settler and contacted with an organic extractant 
(12-wt-pct LIX 64N in kerosene). An organic to aqueous 
ratio of 1 to 1 is used. The loaded organic is stripped in 
a second mixer-settler using a recycled HCI electrolyte as 
the strip liquor. The stripped organic is recycled to the 
extraction stage. 

Nickel is electrowon on Ni starting sheets from the 
chloride strip liquor in a single electrowinning cell. A 
separate cell uses stainless steel cathodes and anodes to 
make the Ni starter sheets used as cathodes in the primary 
cell. Electrolyte overflowing the cells is recycled to strip 
additional Ni from the organic extractant. 

Molybdenum Recovery Section 

Chlorine and chloride gases from the chlorination sec
tion are cooled in a heat exchanger to 1500 C, causing the 
metal chlorides to sublime, which are separated from the 
gas stream in a cyclone. Gases from the cyclone, mostly 
unreacted Cl2 and N2, are compressed and stored in a 
pressure vessel until they are recycled to the chlorinator. 
The solids are leached with water to dissolve most of the 
chlorides. Heating this solution to 1000 C for 30 min 
hydrolyzes the Mo, creating an impure Mo03 precipitate, 
which is collected on a pressure-leaf filter and fed to a 
tray dryer-calciner to produce a molybdate product. The 
chloride filtrate is neutralized with lime to produce a 
mixed hydroxide-CaCl2 waste. 

Caustic-Acid Leach Process 

In this process, Ni-Mo catalyst is first leached with 
caustic to dissolve the Mo, which is recovered by solvent 
extraction. The solids are releached with H2S04 to solubi
lize the Ni, which is recovered in a solvent extraction cir
cuit, and the Ni is electrowon. 

The plant design is arbitrarily divided into four sections: 
leaching, Ni recovery, Al20 3 recovery, and solvent extrac
tion-Mo recovery. 



Leaching Section 

Spent catalyst is assumed to be trucked to the plant 
site and dumped into open storage bins. A front-end 
loader moves the catalyst from the storage bins to a hop
per, from which it is conveyed to the caustic leach tank. 
The catalyst is leached with a 2-pct caustic solution at 
100° C for 2 h. Most of the Mo is dissolved as sodium 
molybdate (Na2Mo04), along with a small quantity of 
A120 3. The resulting slurry is gravity fed to a vacuum filter 
where the Mo-rich filtrate is separated from the residue 
and then pumped to the Mo recovery section. 

The filter cake is fed to a second leach tank and 
leached with H2S04 for 1 h at 100° C, dissolving most of 
the Ni and AlP3' The resulting slurry is gravity fed to a 
second vacuum filter where undissolved solids are recov
ered and conveyed to a disposal site. 

Filtrate from the acid leach filter is fed to a tank and 
mixed with NHpH to neutralize the acid. Holding the 
neutralized solution for 1 h at 80° C provides time for the 
Al to precipitate as AI(OH)3' Some of the (NH4)2S04 
formed by the neutralization reaction also precipitates. 
The combined precipitate is recovered by filtration and 
conveyed to the Al20 3 recovery section. The resulting 
filtrate contains about 0.5 giL Ni and is pumped to the Ni 
recovery section. 

Nickel Recovery Section 

Ammoniacal solution from the leaching section is fed 
to a mixer-settler where it is contacted with an organic 
solvent (lO-vol-pct LIX 64N in kerosene). The Ni is 
selectively sorbed by the organic, and the raffinate is 
recycled to the precipitation step in the leaching section. 

Nickel is stripped from the organic in a second mixer
settler by a recycled H2S04 electrolyte. The stripped or
ganic is then pumped back to the extraction mixer-settler. 
The strip liquor is fed to an electrowinning cell. The elec
trolysis reaction deposits Ni on Ni starter sheet cathodes 
and regenerates H2S04 for recycle to stripping. A second 
electrowinning cell using stainless steel cathodes and an
odes produces Ni starter sheets for use in the primary cell. 

Alumina Recovery Section 

The AI(OH)3 precipitate from the leaching section is 
fed to an agitated tank and water leached to dissolve the 
(NH4)2S04' Filtration of the resulting slurry recovers the 
undissolved AI(OH)3, which is calcined in a rotary kiln at 
600° C. The hydrate is decomposed to AlP3, which is 
cooled and conveyed to a storage bin prior to shipment. 

The (NH4)2S04 filtrate is fed to an evaporative crystal
lizer. Mother liquor is separated from the (NH4)2S04 
crystals by filtration and recycled to the evaporator. The 
crystals are dried and conveyed to a storage bin, then 
loaded into trucks for shipment as fertilizer. 
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Solvent Extraction-Molybdenum Recovery Section 

Molybdenum-loaded solution from the caustic leach in 
the leaching section is fed to a mixer-settler and mixed 
with an organic extractant (Ali quat 336 dissolved in Ker
mac with a small quantity of isodecanol). The raffinate 
is pumped back to the caustic leach step in the leaching 
section. 

Molybdenum is stripped from the organic in a second 
mixer-settler with an NH4CI solution. The stripped organ
ic is pumped back to the extraction step, while the Mo
rich strip liquor is pumped to an agitated tank and mixed 
with CaCl2 to precipitate the Mo as CaMo04. Filtration 
of the resulting slurry recovers the CaMo04 product, which 
is dried and packed in bags for shipment. The resulting 
filtrate is pumped back to the stripping mixer-settler to 
strip additional Mo. 

ECONOMICS 

Capital and operating cost estimates for plants based on 
the preceding descriptions are presented. This cost study 
is provided as an estimate of major cost items. It is hoped 
that future research can be guided by this information to 
select and improve the processes. 

Capital Costs 

The capital cost estimates are of the general type called 
a study estimate by Weaver and Bauman (12). 

Estimated fixed capital cost for the chlorination process 
is about $8 million. The estimated fixed capital cost for 
the caustic-acid leach process is about $9.6 million. These 
costs are based on a third quarter 1988 basis [Marshall and 
Swift (M and S)] index of 856.5 and are presented in tables 
A-1 and A-2. 

Equipment costs used in this estimate are based on 
informal cost quotations from equipment manufacturers 
and on capacity cost data. In developing the plant capital 
costs, corrosion-resistant materials of construction are used 
where appropriate. Capitalized startup costs are estimated 
as 1 pct of the fixed capital cost. Land investment is not 
included in these estimates. 

Working capital is defined as the funds in addition to 
fixed capital, land investment, and startup costs that must 
be provided to operate the plant. Working capital, shown 
in tables A-1 and A-2, is estimated from the following 
items: (1) raw material and supplies inventory (cost of raw 
material and operating supplies for 30 days), (2) product 
and in-process inventory (total operating cost for 30 days), 
(3) accounts receivable (total operating cost for 30 days), 
and (4) available cash (direct expense for 30 days). 
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Table A-i.-Estimated capital cost,! chlorination process 
Fixed capital: 

Chlorination section .......•........•....................•..............•..................... 
Leaching seotlon ............................•................................................ 
NI reoovery seotion ...........................•..............•................................ 
Mo recovery section .................................................................•........ 
Steam plant ....•......•...........................................•......................... 

Subtotal .....................................................................•........... 

Plant facilities, 10 pet of above subtotal ........................................................... . 
Plant utilities, 12 pot of above subtotal ........................................................... . 

Total plant cost ........................................................................... . 

Land cost ................................................................................. . 
Subtotal ..............................................................................•.. 

Interest during oonstruction period .............................................................. . 
Fixed oapital oost ......................................................................... . 

Working oapital: 
Raw material and supplies ...•.....•........................................................... 
Produot and In-prooess Inventory ............................•.................................•. 
Aocounts receivable ....•..•.................................................................• 
Available cash ..........................................................................•.... 

Working capital cost ....................................................................... . 

Capitalized startup costs ....................................................................... . 
Subtotal ................................................................................ . 

Total oapltal cost .......................................................................... . 

lSasis: M and S equipment cost index of 856.5. 

Table A-2.-Estlmated capital cost,! caustic-acid leach process 

Fixed capital: 
Leaohing seotion •............................................................................ 
NI reoovery section •......................................................•................... 
AI20 3 reoovery seotlon ........................................................................ . 
Solvent extraotlon-Mo reoovery seotion .•.....................................................•.... 
Steam plant ........•........................................................................ 

Subtotal .......•......................................................................... 

Plant faollitles, 10 pot of above subtotal ........................................................... . 
Plant utilities, 12 pot of above subtotal ........................................................... . 

Total plant oost •........................................................................... 

Land cost ................................................................................. . 
Subtotal ........•.........................................................•.............. 

Interest during construction period ......................................•.........•...•.......... 
Fixed capital oost ......................................................................... . 

Working capital: 
Raw material and supplies .................................................................... . 
Product and in-process Inventory ............................................................... . 
Accounts receivable ......................................................................... . 
Available cash .............................................................................. . 

Working capital cost ....................................................................... . 

Capitalized startup costs ....................................................................... . 
Subtotal ................................................................................ . 

Total capital cost ...........•............................................................... 

lSasis: M and S equipment cost index of 856.5. 

$1,943,900 
1,446,900 

776,900 
2,049,000 

65,700 
6,282,400 

628,200 
753,900 

7,664,500 

o 
7,664,500 

319,400 
7,983,900 

38,700 
250,800 
250,800 
145,400 
685,700 

79,800 
765,500 

8,749,400 

$2,280,300 
812,000 

2,724,100 
1,485,300 

224,400 
7,526,100 

752,600 
903.100 

9.181,800 

o 
9,181,800 

382,700 
9,564,500 

240,900 
495,700 
495,700 
371,000 

1,603,300 

95,600 
1,698,900 

11,263,400 
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Operating Costs 

The estimated operating costs are based on an average 
of 330 days of operation per year over the life of the 
plant. The remaining 35 days are for scheduled and un
scheduled downtime. The operating costs are divided into 
direct, indirect, and fixed costs. 

The estimated operating cost for the chlorination pro
cess is about $0.20/lb of spent catalyst, as shown in table 
A-3. However, the estimated operating cost for the 
caustic-acid leach process is about twice as high, $O.40/lb 
of spent catalyst, as shown in table A-4. No cost is in
cluded for the spent catalyst. 

Product Value Direct costs include raw materials, utilities, direct 
labor, plant maintenance, payroll overhead, and operating 
supplies. Raw materials and utility requirements per 
pound of catalysts are shown in tables A-3 and A-4. Raw 
water has been used for cooling water. The direct labor 
cost is estimated on the basis of assigning 1.4 employees 
for each position that operates 8 h per day, 7 days per 
week. Payroll overhead includes vacation, sick leave, 
social security, and fringe benefits. 

Indirect costs include the expenses of controllaborato
ries, accounting, plant protection and safety, plant admin
istration, marketing, and company overhead. Research 
and overall company administrative costs outside the plant 
are not included. 

The quantity of each product and its value are shown 
for each process in table A-5. It is assumed that all prod
ucts are marketable. The Ni is cathode-grade metal seIl
ing at $6.50/lb. The value of CaMo04 is based on its con
tained Mo value as a concentrate of $2.80/lb of contained 
Mo. The Al20 3 products contain impurities, such as phos
phates, and can not be marketed as cell-grade AI20 3• 

Therefore, they have been assigned a value of $100/st to 
be sold for metallurgical use. The Mo03 and (NH4)2S04 
products are given published values of $2.65/Ib and 
$0.03/lb, respectively. 

Fixed costs include the cost of taxes (excluding income 
taxes), insurance, and depreciation. Depreciation is based 
on a straight-line, 10-year period. 

Table A-3.-Estimated annual operating cost, chlorination process 

Annual 
cost 

Di rect cost: 
Raw materials: 

$231,200 
122,100 
47,200 

CI2 at $0.10/lb ,. , ........................................... . 
NH40H at $260/st . , , .. , , .... , , , . , ........ , , . , ..... , ......... . 
Lime at $O,03/lb .. , ... " ....... ,',., ... " .. ,'.,', ........... . 
Chemicals for steamplant water treatment ....•............ , ... , . , .. 200 

Total .. ,', ......... " ......... ,.,', ............. , .. , .. ,., 400,700 

Utilities: 
Electric power at $0.05/kW·h .. , .. ,., ...... "", .. ,',., ....... ,. 107,100 

1,700 
2,200 

Process water at $0.20/Mgal ..... ,." .. ,.,.".,"',.,",." .. , .. 
Raw water at $0.50/Mgal .......... , .. , .. , .. , .... , .. , , .. , , , ... , , 
Natural gas at $3.00/MMBtu .... ', .............. , .............. , 124,900 

Total ... , ............. ,.,", ......... ,., ................ . 235,900 

Direct labor: 
Labor at $10.50/h ,., ..... " ..... ,.,", ............. ,",.,.". 415,000 
Supervision, 15 pot of labor, , .......... , .. , . , . , ......... , , . , . , . , 62,300 

Total ."., .... ,., .. , ................... ,., .............. . 477,300 

Plant maintenance: 
Labor ........................ ,., .. ,"', .... ,.,.,', ....... . 159,500 
SuperVision, 20 pct of maintenanoe labor, . , , , •............ , , , . , ... . 31,900 
Materials, , ...... , . , .... , , ....... , . , ................. , ... , . , 159,500 

Total ............. , ..... ,." .............. , ....... " .... . 350,900 

Payroll overhead, 35 pct of above payroll! . , , . , , , . , ... , , ..• , ........ , . 234,000 
70,200 

1,769,000 
Operating supplies, 20 pct of plant maintenance ............ , . , . , .. , , .. 

Total direct oost .. , . , .•. , , .. , , , .............. , .. , .•......... 

Indirect cost, 40 pct of direct labor and maintenance ... ',.,"', ..... ' .. ,' 331,300 

Fixed cost: 
Taxes, 1 pot of total plant oost "', ...... ', .............. ,"", .•. , 76,600 

76,600 
798.400 

3,051,900 

Insurance, 1 pot of total plant cost ., ............ , ......... ,., ..... . 
Depreoiation, 10-year life ... , .... , ... , , , , ... , .. , , , , , . , , , , ....... , . 

Total operating cost ... , , . , .......... , , , . , ... , , .. , . , , .. , , , , .. 

!Direct labor and supervision, maintenance labor and supervision. 

Cost per 
pound 
Ni-Mo 

catalyst 

$0.017 
.009 
.003 

..--&Q.1 
.030 == 
.008 
.001 
.001 
.009 

~ 

.030 
.....&Q§ 
~ 

.012 

.002 
......&.1.6 

.026 

.017 

.005 
--:T32 

.024 

,006 
.006 

~ 
.227 
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Table A-4.-Estlmated annual operating cost, caustic-acid leach process 

Direct cost: 
Raw materials: 

NaOH at $230/st .......................... , ................. . 
H2S04 at $75/st ............................................. . 
NH~OH at $260.00/st ......................................... . 
Ca(;12 at $217/st .......................... ; ................. . 
Chemicals for steamplant water treatment ......................... . 

Total ...................... , ............................ . 

Utilities: 
Electric power at $0.05/kW·h .................................. . 
Process water at $0.20/Mgal ................................... . 
Raw water at $O.50/Mgal ...................................... . 
Natural gas at $3.00/MMBtu ....... , ........................... . 

Total ................................................... . 

Direct labor: 
Labor at $10.50/h ........................................... . 
Supervision, 15 pct of labor .................................... . 

Total ................................................... . 

Plant maintenance: 
Labor ............. , ............................. , ........ . 
Supervision, 20 pct of maintenance labor .......................... . 
Materials .................................................. . 

Total ................................................... . 

Payroll overhead, 35 pct of above payroll! ........................... . 
Operating supplies, 20 pct of plant maintenance ...................... . 

Total direct cost .......... , ................................ . 

Indirect cost, 40 pct of direct labor and maintenance .................... . 

Fixed cost: 
Taxes, 1 pct of total plant cost .............................•...... 
Insurance, 1 pct of total plant cost ................................ . 
Depreciation, 10-year life ........................................ . 

Total operating cost ........................................ . 

!Oirect labor and supervision, maintenance labor and supervision. 

Table A-5.-Products and product value 

Chlorination process: 

Annual 
cost 

$261,400 
674,900 

1,764,900 
139,100 

1,900 
2,842,200 

40,700 
11,200 
1,500 

326.400 
379,800 

436,800 
65.500 

502,300 

200,600 
40,100 

200,600 
441,300 

260,100 
88,300 

4,514,000 

377,400 

91,800 
91,800 

956,500 
6,031,500 

Production, 
Ib/d 

Ni metal ........ , . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 551.5 
Mo03 •...••.....••.........••••••.••....•......•...•...••... 4,408.0 
AI20 3 ...•••......•..•.•....•........•..•.•••.••...•.......•• 20,367.4 
Waste slurry ................................. , . . . . . . . . . . . . . . . . 65,015.0 

Total ............................. , ..................................................... . 

Caustic-acid leach process with solvent extraction-Mo recovery: 
Ni metal .. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 659.6 
CaMo04 ••••••••••• , •••••••••••••• , • • • • • • • • • • • • • • • • • • • • • • • • • • 6,027.8 
A120~ ....................................................... 20,106.8 
(NH4}zSO~ . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 70,492.0 
Waste solids , . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 7,952.1 

Total ................................................................................... . 

Cost per 
pound 
Ni-Mo 

catalyst 

$0.019 
.050 
.130 
.010 

---.m1 
~ 

.003 

.001 

.001 

.024 

.029 

.032 

.005 

~ 

.015 

.003 

.015 

.033 

.019 

.006 
~ 

.028 

.007 

.007 

.070 

.446 

Value, 
$/day 

3,585 
11,681 
1,018 
-650 

15,634 

4,287 
8,096 
1,659 
1,005 

-80 
14,967 
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PROCESS COMPARISON 

Although additional data are required to fully evaluate 
both processes, it is possible to compare the two to see if 
one has a significant advantage over the other. In this 
case, it is apparent that the chlorination process is the 
lower cost process, as conceived. As shown in tables A-3 
and A-4, raw material costs are the primary reason the 
chlorination process has a lower operating cost than the 
caustic-acid leach processes ($0.03/lb compared with 
$0.20/lb). Electric power for the chlorination process is 
higher, although not enough to offset the higher costs for 
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natural gas used to produce steam in the caustic-acid leach 
processes. 

Another advantage of the chlorination process is that it 
recovers Mo as Mo03, which has a higher value than 
CaMo04• This offsets the lower recoveries of Ni, Mo, and 
AlP3' A negative point is that the chlorination process 
produces much more waste than the caustic-acid leach 
processes-65,000 lb / d versus 8,000 to 11,000 lb / d. This 
is not a problem unless the waste were declared 
hazardous, which would increase disposal costs at least 
tenfold. 
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